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A simplified two-dimensional (2-D) formulation for FCC risers has been developed. The
model approximates the mixture of gasoil, steam, and solid catalyst that flows inside the
riser reactor by an equivalent fluid with average properties. The cracking reactions are
modeled by a 6-lump kinetic model combined with two energy equations (gas and solid).
Due to the adopted simplifications, a fast and simple-to-solve computational code was
written; nevertheless, it still is sufficiently precise to be used for the design of new units
and for system control and optimization of operating conditions of FCC risers. The
validation of the proposed model was performed by direct comparison of the obtained
results with available experimental data for a multi-purpose pilot FCC riser unit. The
model was then utilized to simulate an actual size industrial FCC riser. The obtained
numerical results in this article demonstrate that the model can be used as a powerful and
simple tool for design, control, and optimization of FCC units, combining accuracy with
low computational time to obtain solutions when simulating actual FCC riser operation.
© 2006 American Institute of Chemical Engineers AIChE J, 52: 1895–1905, 2006
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Introduction

The numerical modeling of the FCC (Fluidized Catalytic
Cracking) process of a petroleum refinery has been per-

formed by several authors who have proposed different
mathematical models and reported them in the open litera-
ture.1-3 With the constant increase of computational capa-
bilities, such models have become even more complex and
with wider application. The different models address both
fluid flow and cracking kinetic, varying from simple one-
phase and one-dimensional (1-D) models to 3-D and three-
phase models. Therefore, there is no common ground re-
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garding the most adequate formulation for FCC risers
modeling, and advantages and drawbacks may be identified
in each available model.4

In general terms, the fluid flow models for riser reactors may
be classified in three categories: (i) 1-D models, normally with
simplified formulation and solution5,6; (ii) semi-empirical mod-
els, usually described as core-annulus models7-9; and (iii) mod-
els based on phenomenological concepts, more detailed than
the other models. These latter models use a simultaneous
solution of the conservation equations of mass, momentum,
energy, and species for both gas and particulate phases.2,10

Another possible way of classifying the different models is
based on their direct industrial application. Thus, an FCC riser
model (fluid flow and/or kinetic) can be used for: (i) the
development of a major model where the simulations of the
entire conversion FCC unit is considered; (ii) testing or study-
ing of specific catalytic cracking phenomena, such as catalyst
deactivation, adsorption, kinetic models, and so on; (iii) the
search for better operating conditions (unit optimization); and
(iv) phenomenological studies of the physical problem. For the
first type, the models simulate not only the riser, but also other
equipment, like the regenerator and the stripper. It is very
important to have a fast solution for the riser model, and also
to be able to determine coke formation during the cracking
reactions as a separate lump. This information will be later
used by the regenerator model to determine the energy pro-
duced from coke burning and also the temperature of the
regenerated catalyst. For this reason, the selected kinetic model
must be able of independently determining coke concentration.
Han and Chung3 used a 1-D two-phase fluid flow model,
combined with a 4-lump kinetic cracking model, to simulate
the entire FCC unit. This kind of model is normally used in the
development of control systems, where the most desired fea-
ture of the model is a low computational time solution. In these
applications, it is not necessary to have an exact determination
of the values of the variables (mass concentration and temper-
atures along the riser), but only to determine qualitatively
correct system response to changes in the operating conditions,
so that the best action may be taken by the control system.5,11

The second type encompasses models used when the main
goal is to study a specific physical phenomenon of the gasoil
catalytic cracking, such as analysis of a catalyst deactivation
function,12 the coke formation in the cracking process,13 the
adsorption phenomena in the catalytic cracking,6 and the build-
ing of kinetic models.14 In these cases, it is preferable to have
a simple and easy-to-solve mathematical formulation for the
fluid flow (normally a plug-flow), allowing concentration on
the analysis effort on the phenomenon of interest. Semi-empir-
ical models can also be included in this category and are
normally used to describe or study specific characteristics of
the complex flow that occurs inside the riser reactor. Examples
may be found in Patience et al.,7 who proposed an empirical
correlation to the slip factor, and in Derouin et al.,8 who
presented empirical correlations for the gas and catalyst veloc-
ity profiles and the slip velocity between gas and catalyst.

The third type of models strives for unit optimization. In this
case, it is necessary to have a fast and sufficiently precise
model that will be used to run several simulations (each one for
a specific operating condition), searching for the best values for
the input variables (mass concentrations, temperatures, and so
on). This is a difficult balance (that is, a fast and sufficiently

precise model). However, according to Theologos and Marka-
tos,1 the overall performance of the riser can be predicted by a
one-dimensional mass, energy, and chemical species balance,
which suggests that simplified models, as in Han et al.15 and
Souza,16 may be precise enough to be used in an optimization
process.

The fourth type refers to models that include all important
physical phenomena. These models are generally 3-D with
two-phase flow (some models are also three-phase flow). The
conservation equations are written for each phase of the fluid
flow (gas, solid (catalyst), and liquid droplets) and the physical
properties are not necessarily assumed constant, being some-
times added to the model as additional equations. Turbulent
models are normally used to describe the fluid flow and, in
some formulations, kinetic theory is used to determine the
physical characteristics of the particle flow. These models are
more suitable for theoretical studies of the physics of the
multi-phase flow phenomena that occur inside the riser reactor.
They are also used to compare the mathematical models with
the experimental data, providing a more comprehensive under-
standing of the physical phenomena.2,10

In addition, the kinetic model is highly responsible for an
adequate determination of the mass concentrations of each
mixture component along the riser reactor. It is well known that
the formulation of a kinetic model that includes all chemical
reactions responsible for the catalytic cracking of the gasoil is
still not possible. However, it is possible to group the hydro-
carbon chains of similar chemical functions into lumps and
then make the kinetic model based on a few components
(lumps). Again, based on their industrial application, the mod-
els may be classified into: (i) those that determine the most
important commercial products (usually 4-6 lumps), such as
gasoline, LPG, and light cycle oil, and, depending on the
particular case, coke14,17; and (ii) those that may be used for the
phenomenological study of the catalytic cracking reaction,
usually with 10 or more lumps.18,19

In such a complex scenario, this work addresses the devel-
opment of a simplified model with a 2-D fluid flow field
combined with a 6-lump kinetic model to simulate the gasoil
catalytic cracking process inside the riser reactor. Two energy
equations (catalyst and gasoil) are utilized to evaluate the
temperature gradient between the two phases considered, that
is, the catalyst (solid) and the mixture gasoil/lift water vapor
(gas).

Mathematical Model

Figure 1 shows the studied system, with its simple geometry,
where H is the length of the riser in the flow direction and R is
the radius of the riser. Regenerated catalyst, gasoil, and steam
enter the system from the bottom of the riser; whereas the
product lumps, the deactivated catalyst, and steam leave it from
the top of the riser.

In an industrial FCC unit, the catalyst and the lift steam are
injected at the bottom of the riser reactor, whereas the gasoil
and the atomization steam enter the riser by injection nozzles at
a higher radial section. One of the propositions of the present
model is to assume the mixture of catalyst, gasoil, and steam is
introduced as a single mixture at the bottom of the riser.

The present model also considers the following assumptions:
incompressible, laminar, and 2-D flow (cylindrical coordi-
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nates), homogeneous mixture (no relative motion between the
gas and the particles), and uniform physical properties for the
mixture, with the gasoil entering the riser already vaporized.

Therefore, the simplified mass and momentum conservation
equations are given by:
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The mixture average density (�), in Eqs. 2 and 3, is consid-
ered a function of the volumetric fraction of catalyst, gasoil,
and steam according to the input conditions of the riser (pres-
sure and temperature). Thus, the average and constant mixture
density is calculated for the given riser input conditions by:

� � �vgo
in �vgo � �st�st � �cat�cat (4)

where the volumetric fractions are given by:
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where @̇ is the volumetric flow rate and ṁ the mass flow rate
at the riser cross section.

The same approximation was considered for the mixture
average viscosity (�):

� � 	�gas � (1�	)�cat (7)

where 	 is the bed porosity.
In Eq. 7, the gas viscosity (�gas), which was assumed as a

weighted average between the viscosities of the gasoil and the
steam at the given input conditions, is an input data of the
model. For the determination of the catalyst viscosity (�cat), the
expression proposed by Miller and Gidaspow,20 which was
adopted in the current model, calculates the particulate phase
viscosity as a function of the catalyst volume fraction (�cat) as
follows:

�cat � �0.188 � 537.42�cat (8)

The kinetic model that will determine the conversion rates of
the products during the cracking process was based on 6 lumps,
as shown in Figure 2.17 In this model, the primary reactions are
of second order, while all other reactions are of first order. The
matrix layout of the 15 pre-exponential kinetic constants used
to describe the gasoil catalytic cracking is shown below:

�
0 K12 K13 K14 K15 K16

0 0 K23 K24 K25 K26

0 0 0 K34 K35 K36

0 0 0 0 K45 K46

0 0 0 0 0 K56

0 0 0 0 0 0
� (9)

The dependence of the kinetic constants on temperature and
activation energy is obtained from the matrix presented in Eq.
9 and the Arrhenius Law, where the reaction constants (Kij

r ) are
given by:

Kij
r � Kije

��Eij/R� Tcat� �i, j � 1, 6� (10)

Figure 2. Lumped kinetic model.

Figure 1. Modeled system.
H: total riser height; R: radius of the riser.
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The volumetric rate of creation or consumption of species
“i” in the cracking reactions is calculated by ref. 6:
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r Ci (12)

Adsorption, the physical phenomenon of molecules depos-
iting onto the catalyst and its pore surface, is also important for
petroleum catalytic cracking modeling6 and should preferably
be included in the kinetic model. In the present formulation, its
influence is incorporated into the model by the adsorption
constants Kad,i. The dependence of the adsorption constant on
temperature is correlated by the Arrhenius Law as follows:

Kad,i
r � Kad,ie

��Ead,i/R� Tcat� (13)

where Ead,i is the adsorption activation energy (kJ/kmol) and i
is the number of the correspondent lump.

Catalyst deactivation, another important phenomenon, was
included in the kinetic model as a simple exponential function
given by:


 � e��406.4Cc� (14)

where Cc is the coke content of the catalyst (kgc/kgcat).
Combination of Eqs. 10-14 allows the writing of a transport

equation for each lump of the kinetic model:
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where i varies from 1 to the total number of lumps (N). In the
present model, based on Figure 2, with N � 6, the lumps are
organized as i � 1: vgo; i � 2: light cycle oil; i � 3: gasoline;
i � 4: LPG; i � 5: fuel gas; and i � 6: coke.

Diffusive terms were not included in Eq. 15 since a one-
phase is considered (no diffusion between the phases). This is
also due to the high velocity of the flow inside the riser, which
makes the diffusive terms negligible in comparison with the
advective ones in the species conservation equations.

Furthermore, even though a one-phase model was adopted in
the fluid flow formulation, it was necessary to characterize the
temperature gradient between gas and particulate phases. In the
reaction (source) term of Eq. 15 (�i, given by Eq. 11), the
catalyst temperature is used to calculate the reaction kinetic
constants, while for the heat exchange between the particulate
and gaseous phases, a second energy equation is necessary.
Here, the diffusive terms are also negligible in comparison with
the advective ones due to high flow velocities. Thus, the two
energy equations, the particulate (catalyst) and the gas (gasoil
� steam), were written as follows:
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The water vapor was not considered as a component in Eq.
15 since it does not participate in the reactions’ kinetic scheme.
However, its influence on the thermal balance is important and
for this reason it is considered in the gas energy equation.

Numerical Solution

The mathematical model presented in the previous section
was developed for the transient regime for completeness of the
introduced formulation. However, in this study, only steady
state solutions were obtained, although the model and code
developed have the potential for conducting a fully transient
analysis for control and optimization purposes.

In the present formulation, the incorporation of the discussed
simplifications into the mathematical model has allowed for a
fast numerical solution. The finite differences method was used
to obtain the steady state solution of the set of partial differ-
ential equations of the mathematical model, after dropping the
time derivatives, over the geometry shown in Figure 1, with
boundary conditions specified as shown in Figure 3. The re-
sulting non-linear system of algebraic equations was solved
with the Newton-Raphson method.

For the fluid flow problem (Eqs. 1-3), pressure and input
velocities need to be specified at the riser input section. The
input pressure is a known operating condition of the unit, while
the input velocity (Vin) can be calculated by the known mass
flow rates, average mixture density (�), and riser cross sectional
area (A) as follows:

Vin �
ṁcat � ṁvgo

in � ṁst

�A
(18)

For the transport equation of the kinetic model (Eq. 15), at
the input section of the riser, it is considered that only gasoil is
entering. Therefore, the mass fraction of gasoil is set to 1, while
the other kinetic lumps’ mass fractions are set to zero. Then,
the concentration of gasoil at the input section of the riser is
given by:

Cvgo
in �

ṁvgo
in

ṁtotal

�

Mvgo
(ṁtotal � ṁcat � ṁvgo

in � ṁst) (19)

At the riser output section, it was considered that the lumps’
concentrations are no longer varying, and the derivative in the
flow direction is set to zero, for each lump concentration (Ci).
This condition is actually true only if the riser is long enough,
such that all cracking reactions have already ceased at the top
of the riser. If the riser is not sufficiently long, this boundary
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condition will flatten the concentration curves near the riser
output section, which could induce errors in the lump concen-
tration curves along the riser. In all simulations performed in
this work, the riser height was set at least 40 times larger than
its diameter, such that the reactions were assumed to have
ceased before the riser output section.

To close the energy balance, it is necessary to make another
important consideration. In the present formulation, the gasoil
enters the riser completely vaporized; therefore, it is necessary
to make a correction in the temperature of the catalyst that
comes from the regenerator. In the present model, the vapor-
ization of the gasoil is assumed to occur right at the moment of
contact with the hot catalyst that comes from the regenerator.
So, the gasoil evaporation enthalpy must be accounted for in
the global energy balance. This is done by simply correcting
the temperature of the catalyst that comes from the regenerator.
Recall that all the energy needed by the cracking process and
the vaporization of the gasoil comes from the hot catalyst;
therefore, an energy balance is written to account for the gasoil
evaporation enthalpy as follows:

ṁcatCpcat�Tcat
in � Tcat

in,c� � ṁvgo
in hfg,vgo�Tvgo

in � (20)

where hfg,vgo(Tvgo
in ) is the gasoil evaporation enthalpy at Tvgo

in ,
Tcat

in is the temperature of the catalyst that comes from the
regenerator, and Tcat

in,c is the corrected input catalyst tempera-
ture.

Rearranging Eq. 20, the corrected input catalyst temperature
at the riser input is calculated by

Tcat
in,c � Tcat

in �
ṁvgo

in hfg,vgo�Tvgo
in �

ṁcatCpcat
(21)

For the energy equations (Eqs. 16 and 17), the riser walls are
considered adiabatic; therefore, the zero energy flux boundary
condition is set at the walls of the riser for both gas and catalyst
phases. The same boundary conditions are prescribed at the
central axis of the riser due to symmetry. Finally, at the top of
the riser, temperatures for both gas and catalyst phases are also
no longer varying, and the temperature derivatives in the flow
direction are set to zero.

Figure 3 shows the computational domain and the appropri-
ate boundary conditions for the problem, as follows:
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�D� 	vr � 0, vz � Vin, p � pin

Tvgo � Tvgo
in , Tcat � Tcat

in,c

Cvgo � Cvgo
in , Ci � 0 (i � 2 to 6)

(25)

A mesh convergence criterion was defined to select a con-
verged mesh for the computational domain of Figure 3, such
that the Euclidean norm of the solution did not change in
comparison with more refined meshes, by keeping the relative
error of the Euclidean norm of the solution obtained with two
meshes under comparison, below a pre-specified tolerance
(10�3). For the simulations presented, a converged 2-D mesh
according to that criterion, in cylindrical coordinates, with
1500 volumes (10 in the r direction and 150 in the z direction)
was found.

As is observed from the set of differential equations (Eqs.
1-3 and 15-17), the fluid flow problem (Eqs. 1-3) is not coupled
with the thermal and reaction kinetic problem (Eqs. 15-17).
This is explained by the fact that the physical properties,
especially the mixture average density (�), are constant along

Figure 3. Boundary conditions and computational do-
main.
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the riser bed, allowing the incompressible formulation for the
fluid flow. This simplification implies an error on the calculated
velocity field. However, for industrial applications, the most
important variables to be precisely determined are the mass
flow rates of the lumps at the output section of the riser, which
are not significantly affected by that simplification, as will be
shown in the “Experimental Validation” section of this article.
With this hypothesis, the set of differential equations can then
be solved in two steps: i) for the velocities (fluid flow), and ii)
for the concentrations (kinetic) and temperatures (energy).

Such simplification also results in a very stable numerical
solution, with high convergence ratios, implying low compu-
tational time and processing capacity requirements. The entire
simulation presented below (with a grid of 1500 volumes), in
the most unfavorable situation, that is, when started without a
previous approximated solution (restart data), converges in less
than 15 min in an Intel Pentium III processor, with a 1 GHz
clock and 512Mb of RAM memory. When a solution obtained
previously for the same mesh is available, even from very
different input data, the processing time can be reduced to less
than 5 min.

Experimental Validation

The 6-lump reaction kinetic model is able to represent the
major conversion characteristics of the gasoil into noble prod-
ucts. However, these kinetic models, especially those with just
a few lumps and those that represent the feedstock by only 1
lump, in general cannot accurately predict different setups from
those used in the model kinetic parameter estimation.

The hypotheses (simplifications) applied to the present math-
ematical formulation can also contribute to deviations between
the available experimental data and the calculated results.
When precise conversion profiles are necessary, the mathemat-
ical model (mainly the kinetic model) needs to be adjusted to
a specific gasoil feedstock. This procedure was carried out in a
previous study by one of the authors of this article,16 by fitting
constants to the mathematical formulation by the solution of
the inverse problem of parameter estimation from the set of
known experimental data.

The available experimental data were the 6 lumps mass
fractions at the riser output and the reaction temperature. Such
quantities are obtained numerically with the model from the
lump molar concentrations as follows:

Yi �
ṁi

ṁlumps
� Ci

Mi

�

ṁtotal

ṁlumps
�i � 1, N� (26)

where ṁlumps � ¥i�1
N ṁi is the mass flow rate of lumps at the

riser cross section.
Thus, it is possible to formulate the inverse problem up to a

7 elements vector of fitting constants. In fact, only 5 lumps
mass fractions are needed, since the sixth lump mass fraction
results from mass conservation. Therefore, the system of equa-
tions was set for 6 fitting constants. Five of these constants
were assigned to multiply the pre-exponential constants of the
gasoil reactions (second order reactions) of Eq. 10, for i � 1,
and a sixth constant was assigned to multiply the gasoil (vgo)
enthalpy reaction term in Eq. 16.

From the available experimental data set, for a particular

feedstock type (from heavy oil), with 27 different operating
conditions, 9 were selected to determine the fitting constants
vector, by solving the inverse problem nine times. The other 18
known experimental operating conditions were then used to
validate the adjusted model. The resulting average fitting con-
stants vector found in the process was [7.98, 16.83, 42.42,
20.35, 16.19, 1.4]. The formulation of the inverse problem of
parameter estimation and the fitting constants calculation de-
tails can be found in ref. 16.

Thus, the validation was performed by direct comparison of
the numerical results of the model with the experimental data
available from a multipurpose unit located at SIX/PETRO-
BRAS (Brazilian Oil Company) in Sao Mateus do Sul, Parana/
Brazil. A total of 18 different operating conditions were used
for the model validation, as explained in the previous para-
graphs. The input variables of the model are the physical
properties, mass flow rates, and input temperatures of the
catalyst, the steam, and the gasoil, variables that define the
operating conditions of the unit. Table 1 shows the general
operating conditions and the physical properties used for all
runs. The specific operating conditions for the different runs
are obtained by varying the catalyst-to-gasoil mass flow rate
ratio (COR), the riser height (H), and the input temperature of
the catalyst that comes from the regenerator ( (Tcat

in ).
Figure 4 shows three comparisons performed between the

experimental data and the numerical results (H � 10, 14, and
18 m), and illustrates the influence of the height of the riser on
product formation. A good agreement between the experimen-
tal data and the numerical results was obtained for all points. In
all studied cases, the relative error between experimental and
numerical values (Yexp � Ynum)/Yexp is less than 10% for
gasoline and between 10-15% for LPG.

In Figure 5, which evaluates the influence of the input
catalyst temperature, the numerical results and the experimen-
tal data are again in good agreement for three different catalyst
input temperatures ( (Tcat

in � 680, 700, and 720°C). Therefore,
Figures 4 and 5, together with the other not shown for the sake
of brevity 12 experimental validation runs, validate the math-
ematical model for future utilization in FCC riser control,
design, and/or optimization.

Results and Discussion

After model validation, several simulations of an industrial
FCC riser were performed in this study, considering operating
conditions, and geometrical and physical parameters that are
listed in Table 2. Normally, for industrial applications, the
main goal of FCC riser simulations is to predict, for a particular
set of operating conditions, the mass fraction of each compo-
nent (gasoline, LPG, light cycle oil, and so on) at the riser
output section, so that the set of input parameters may be
changed, aiming to increase (or maximize) the conversion of a
specific product. The procedure can be conducted with just a
few model experimental validation tests in the unity. Then,
with the experimentally validated model, precise numerical
results are expected to be obtained for any other operating and
geometric conditions, for the same type of feedstock. There-
fore, many other tests could then be accurately simulated with
a computer code, allowing fast, simple, and low cost adjust-
ment (or maximization) of unit production, following market
fluctuations.
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The output mass fractions and their profiles along the height
of the riser are shown in Figure 6. It is seen that the cracking
reactions of the gasoil are more intense in the beginning of the
riser (from 0 to 10 m, approximately), where the concentration
gradients are higher, remaining practically unaltered at higher
regions.

The average temperature profiles for the gas phase (gasoil
and steam) and for the solid phase (catalyst) are shown in
Figure 7. It is seen that the model is able to predict heat transfer
between the two phases. At the bottom of the riser (z � 0 m),
the catalyst is at 560°C and the gasoil at 320°C, approximately.
As in the case of the lump profiles, the initial condition dras-
tically changes in the beginning of the riser and both temper-
atures reach a common value, remaining in thermal equilibrium
until the end of the riser. The point where the curves join is a
direct function of the product between gas-particulate heat
transfer coefficient and catalyst surface area to volume ratio
(hgs � h Ags), whereas the final temperature at the end of the
riser is a function of the cracking reactions and the mass
balance between the phases.

The 2-D mass fractions fields for the gasoil, gasoline, and
LPG lumps at each control volume are shown in Figure 8. The

mass fractions for each control volume were calculated as the
mass flow rate of the specific lump divided by the total mass
flow rate in each volume element:

Yi
k �

ṁi
k

ṁlumps
k (27)

where Yi
k and ṁi

k are the mass fraction and mass flow rate of
component i inside the volume element k, respectively; and
ṁlumps

k � ¥i�1
N ṁi

k, with N equal to the number of lumps of the
kinetic model, is the total lumps (including coke) mass flow
rate in the volume element k. Therefore, the coke content of the
catalyst for Eq. 14 is calculated as Cc

k � ṁc
k/ṁcat

k , where ṁc
k �

Yc
kṁlumps

k .
Figure 8 shows the change in gasoil conversion, coke for-

mation, and coke content of the catalyst along the riser height.
It is seen that for each cross section of the riser, the velocity in
the z direction varies from approximately two times the mean
section velocity at the center of the riser to zero at the wall.
This velocity profile induces a higher concentration of gasoil at

Table 1. General Operating Conditions of the Experimental Multipurpose Unit

Geometry
Total riser height, H 10, 14, and 18 m
Riser diameter, 2R 0.0508 m

Feedstock
Gasoil input mass flow rate, ṁvgo

in 170 kg h�1

Gasoil and steam input temperature, Tvgo
in � Tst

in 220°C
Water vapor mass flow rate, ṁst 13 kg h�1

Catalyst-to-gasoil mass flow rate ratio, COR 6.9–9.4
Input pressure, pin 2.5 bar

Physical parameters
Catalyst density, �cat 1400 kg m�3

Catalyst specific heat, Cpcat 1.09 kJ kg�1 K�1

Input temperature of catalyst that comes from the regenerator, Tcat
in 680–720°C

Gasoil (vapor) density, �vgo 10 kg m�3

Gasoil specific heat, Cpvgo 2.5 kJ kg�1 K�1

Steam (vapor) density, �st 0.5 kg m�3

Steam specific heat, Cpst 2.0 kJ kg�1 K�1

Gas phase viscosity, �gas 2.0 	 10�5 kg m�1 s�1

Heat transfer coefficient between phases hgs 1 	 103 kW m�3 K�1

Figure 4. Lumps mass fractions as functions of the ris-
er’s height (Treac � 550°C and Tcat

in � 680°C),
and (H(m),COR) � (10,9.1;(14,9.4);(18,8.6).

Figure 5. Lumps mass fractions as functions of the input
catalyst temperature (Treac � 550°C and H �
10 m), and (�cat

in (°C), COR) � (680, 9.1); (700,
8.5); (720, 7.9).
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the center of the riser, whereas the concentration of gasoil
decreases sharply near the wall, that is, nearly all gasoil that
remains in that region is converted into products. It is important
to bear in mind that the maximum conversion near the wall is
not associated with the maximum mass flow rate; actually,
quite the opposite, the maximum mass flow rate of gasoil
occurs at the center of the riser.

The phenomenon of maximum conversion in the region near
the riser wall is also experimentally observed in an industrial
unity, although occurring for a different reason. In an actual
industrial riser, the catalyst does not flow in only one direction
in the riser. Near the wall, the shock of the solid particles with
the wall makes the particulate lose part of its energy, and
abruptly changes its velocity direction. This phenomenon in-
creases the catalyst concentration near the wall and, depending
on the operating conditions of the unity (mass flow rate ratio
between the phases, mainly), it may cause the back slip of the
catalyst on the wall and, therefore, the porosity near the wall
tends to decrease. Thus, just like in the mathematical model
presented here, in reality the gasoil concentration is higher in
the center of the riser, and the conversion is higher in the region
near the wall.

The radial concentration (mass fraction) profiles at four
different cross sections of the riser are shown in Figure 9.
These profiles are almost uniform along the radii of the riser,

showing a small variation in the region near the wall, where the
gasoil conversion is higher.

The 2-D temperature fields for the solid and gas phases are
presented in Figure 10. The same phenomenon of higher con-
centration gradients in the beginning of the riser (Figure 8) is
observed for the temperature fields. The average temperature
profile shown in Figure 7 is confirmed with the two-dimen-
sional temperature profiles. It should also be remembered that
the temperature gradients are a result of two different phenom-
ena: the heat transfer between the phases and the endothermic
cracking reactions of the gasoil.

Conclusions

A simplified mathematical model for the numerical sim-
ulation of the fluid flow and the cracking reactions of the
gasoil inside an FCC riser has been proposed, experimen-
tally validated, and tested. The present formulation is theo-
retically simple and, numerically, results in low computa-
tional time to obtain solutions, if compared with more
sophisticated tri-dimensional and two-phase models avail-
able in the literature. Nevertheless, it is still capable of
determining, with good accuracy, the variables of interest to
the oil refining industry: mass fractions of products at the
output section and the temperature field in FCC riser units.

Table 2. General Operating Characteristics of the Industrial FCC Riser Unit Considered in This Study16

Geometry
Total riser height, H 32.8 m
Riser diameter, 2R 0.6 m

Feedstock
Gasoil input mass flow rate, ṁvgo

in 12744 kg h�1

Gasoil and steam input temperature, Tvgo
in � Tst

in 320°C
Water vapor mass flow rate, ṁst 442.4 kg h�1

Catalyst mass flow rate, ṁcat 62445.6 kg h�1

Input pressure, pin 2.5 bar
Physical parameters

Input temperature of catalyst that comes from the regenerator, Tcat
in 567°C

Catalyst density, �cat 1560 kg m�3

Catalyst specific heat, Cpcat 1.097 kJ kg�1 K�1

Gasoil density, �vgo 22 kg m�3

Steam density, �st 0.7 kg m�3

Steam specific heat, Cpst 2.0 kJ kg�1 K�1

Gas phase viscosity, �gas 2.0 	 10�5 kg m�1 s�1

Heat transfer coefficient between phases, hgs 1 	 103 kW m�3 K�1

Figure 6. Mass fraction profiles along the industrial
riser.

Figure 7. Average temperature profiles along the indus-
trial riser.
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The formulation uses a 2-D fluid flow solution that is not
coupled with the kinetic and energy solutions. This simpli-
fies the numerical solution, increasing convergence rates and
decreasing computational time. Even though the velocity
field is not exact, it is better than that obtained by the plug
flow approach and increases the ability of the numerical
code to determine the lumps mass fractions at the riser
output section.

The simulations presented in this article illustrate the appli-
cability of the proposed model for the numerical simulation of
an actual industrial FCC riser unity. The average mass fraction
and temperature profiles along the height of the riser were
presented and discussed. The 2-D fields of the mass fractions
for the gasoil and the two main products of the FCC riser,

gasoline and LPG, were graphically shown. The temperature
profiles and 2-D temperature fields for both phases were also
presented. The presented results demonstrate that the model
can be used as a powerful and simple tool for design, control,
and optimization of FCC units, combining accuracy with low
computational time to obtain solutions when simulating actual
FCC riser operation.
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Figure 8. Two-dimensional mass fraction, Yi, of gasoil (a), gasoline (b), LPG (c), coke (d), and coke content of the
catalyst (e), Cc, along the industrial riser.
[Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]

Figure 9. Radial mass fraction profiles for various cross sections along the industrial riser.
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Notation

A � riser cross sectional area (m2)
Ags � specific surface area of the catalyst based on the unit reactor

volume (m2 m�3)
C � lump concentration (kmol m�3)

Cc � coke content of the catalyst (kgc kgcat
�1)

Cp � specific heat (kJ kg�1 K�1)
COR � catalyst-to-gasoil mass flow rate ratio, ṁcat (ṁvgo

in )�1

�h � reaction specific enthalpy (kJ kg�1)
E � activation energy (kJ kmol�1)
h � gas-solid heat transfer coefficient (kW m�2 K�1)

hfg � specific evaporation enthalpy (kJ kg�1)
hgs � product between gas-solid heat transfer coefficient and specific

surface area of the catalyst based on the unit reactor volume,
hgsAgs (kW m�3 K�1)

H � total riser height (m)
K � pre-exponential kinetic constant (m3 kgcat

�1 s or m6 kmol�1 kgcat
�1

s�1)
Kr � kinetic reaction constant (m3 kgcat

�1 s�1 or m6 kmol�1 kgcat
�1 s�1)

ṁ � mass flow rate (kg s�1)
M � molecular weight (kg kmol�1)
n � reaction order
N � number of lumps
p � pressure (Pa)
R � riser radius (m)
R� � universal gas constant (kJ kmol�1 K�1)

r, z � cylindrical coordinates (m)
t � time (s)

T � temperature (K)
vr, vz � fluid velocities (m s�1)

Vin � riser fluid flow input velocity (m s�1)
@̇ � volumetric flow rate (m3 s�1)
Y � mass fraction

Greek letters

	 � bed porosity
� � viscosity (kg m�1 s�1)
� � kinematic viscosity (m2 s�1)
� � density (kg m�3)
� � average mixture density (kg m�3), Eq. 4

 � deactivation function

� � volume fraction
�� volumetric rate of creation or consumption of species in the reaction

(kmol m�3 s�1)

Subscripts

ad � adsorption
c � coke

cat � catalyst
exp � experimental
gas � gaseous phase

gs � gas-solid
i, j � indexes for the lumps

lumps � lumps
num � numerical
reac � reaction

st � water steam
total � total
vgo � gasoil

w � water

Superscripts

c � corrected
i, j � indexes for the lumps
in � input
k � grid volume element index
r � reaction
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